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Abstract

This paper is the theoretical study of the oxidative dehydrogenationboftane in porous membrane reactors. Performance of the
membrane reactors was compared with that of conventional fixed-bed reactors. The porous membrane was employed to add oxygen to the
reaction side in a controlled manner so that the reaction could take place evenly.

Mathematical models for the fixed-bed reactor and the membrane reactor were developed considering non-isothermal condition and
both radial heat and mass dispersion. From this study, it was found that the hot spot problem was pronounced particularly near the entrance
of the conventional fixed-bed reactor. In addition, the assumption of plug flow condition did not adequately represent the reaction system.
The effect of radial dispersion must be taken into account in the modelling.

The use of the porous membrane to control the distribution of oxygen feed to the reaction side could significantly reduce the hot spot
temperature. The results also showed that there were optimum feed ratios-biadnie for both the fixed-bed reactors and the membrane
reactors. The membrane reactor outperformed the fixed-bed reactor at high values of the ratio. In addition, there was an optimum membrane
reactor size. When the reactor size was smaller than the optimum value, the increased reactor size increased the reaction and heat generatic
and, consequently, the conversion and the selectivitytm€@eased. However, when the reactor size was larger than the optimum value,
oxygen could not reach the reactant near the stainless steel wall. It was consumed to react with the proflsd, résult, the yield
dropped. Finally, it was found that the increase of wall temperature increased the yield and that the feed air temperature could help control
the temperature profile of the reaction bed along the reactor length. © 2002 Elsevier Science B.V. All rights reserved.
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1. Introduction reactant through a membrane to the reaction zone so that
the partial pressure in the reaction zone is kept at low value.
The concept of membrane reactor in which reaction and Oxidative dehydrogenation, which is the reaction of
separation are incorporated in a single unit operation hasinterest in this study, is another alternative to produce un-
attracted many researchers’ interests for the past severabaturated hydrocarbons. Unlike direct removal of hydrogen
decades. There are a number of reviews addressing the defrom saturated hydrocarbon in a dehydrogenation reaction,
velopment of the membrane reactor for catalytic reactions the reaction is unlimited by thermodynamic equilibrium, en-
taking place at high temperature [1-5]. Major application ergy saving and tolerated to catalyst deactivation. However,
areas of membrane reactor can be classified into two typesihe reaction encounters some drawbacks of low selectivity,
i.e. yield enhancement and selectivity enhancement. Theformation of hot spot and problem of flammability limits.
former area is mainly applied to reactions suffering from One approach to improve the performance of the reac-
equilibrium conversions such as dehydrogenation reactions,tion system has been focused on the use of non-traditional
decomposition and production of synthesis gas. The latterreactors such as fixed-bed reactors with distributed feed
area is mainly applied to series-parallel reactions such aspoints, monolith reactors, catalytic membrane reactors and
partial oxidation, partial hydrogenation, oxidative coupling inert membrane reactors. The oxidative dehydrogenation of
and oxidative dehydrogenation by controlled addition of a propane in a fixed bed reactor and a monolith reactor was
studied and found that as the residence time or propane con-
* Corresponding author. version increased, the selectivity to propylene was almost
E-mail addressfchsas@eng.chula.ac.th (S. Assabumrungrat). constant in the monolith reactor unlike the fixed bed reactor
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Nomenclature

a

Ac
Ap1

ri, rz2
3, r4

Knudsen parameter (mol/(m s kPa))
cross section area @n

surface area of reactor gt (m?)
surface area of reactor gt (m?)
surface area of reactor g (m?)
viscous parameter (mol K/(m kPa))
concentration (mol/f)

heat capacity (J/(mol K))

particle diameter (m)

equivalent diameter (m)

effective radial diffusion (rf/s)
diffusion coefficient of binary gas (ffs)
diffusion coefficient of gas mixture (#/s)
activity coefficient (J/mol)

molar flow rate (mol/s)

film heat transfer in catalyst bed (W/&K))
film heat transfer in tube (W/(fK))
enthalpy (J/mol)

heat of reaction of reaction(J/mol)
molar flux (mol/(nf s))

rate constant (mol/(kg s))

thermal conductivity of membrane (W/(m K)
thermal conductivity of stainless

steel (W/(mK))

reactor length (m)

molecular weight (g/mol)

Nusselt number in catalyst bed
Nusselt number in tube

pressure (kPa)

radial peclet number

Prandtl number

molar flow rate of permeate gaper
unit length (mol/(s m))

radial distance (m)

rate of reaction of specieagmol/(kg s))
reactor diameter (m)

reactor diameter (m)

gas constant (J/(mol K))

rate of reaction of reaction(mol/(kg s))
Reynolds number

packed bed Reynolds number
Schmidt number

time (s)

temperature (K)

feed temperature (K)

reactor wall temperature

gas velocity (m/s)

parameter in Eq. (A.4)

overall heat transfer coefficient through
membrane (W/(rAK))

overall heat transfer coefficient through
stainless steel (W/(fK))

Yi mole fraction

z length (m)

Greek symbols

e porosity

n dipole moment (debye)

Ny dimensionless dipole moment

A0 non-selective oxidation site

A thermal conductivity (W/(mK))

rer  effective radial thermal conductivity (W/(m K)

23, static effective radial thermal
conductivity (W/(mK))

AL, dynamic effective radial thermal
conductivity (W/(m K))

"w viscosity (P)

Vi stoichiometric coefficient

0o selective oxidation site

0 density of gas (kg/i)

pg  density of catalyst (kg/f)

Subscript

0 inlet condition
c critical condition
g gas

m mixture gas

r reduce

S shell side

t tube side

T total
Superscript

S shell side

t tube side

whose selectivity decreased rapidly [6]. In addition, when
oxygen was a limiting reactant, the selectivity to propylene
is higher than the case of excess oxygen. The performance
of three types of reactors; i.e. fixed bed, monolith and cat-
alytic membrane reactors (CMR) was investigated [7,8].
CMR gave slightly higher selectivity to propylene than the
monolith reactor because of the higher Hg/@tio.

The use of an inert membrane reactor has drawn a num-
ber of interests in the recent years. Some researches pointed
out the superior yield of inert membrane reactor (IMR)
over CMR [9,10]. A number of oxidative dehydrogenation
reactions have been investigated in IMR, for example, the
oxidative dehydrogenation of ethane [11-13], propane [10]
andn-butane [14,15]. All researchers found that the distri-
bution of & feed by using membranes increased the reactor
performance. The controlled addition of @oes not only
improve the selectivity but also avoids the explosion mix-
ture. As a result, wider ranges of operating conditions can be
performed. The IMRs have be employed to other selective
oxidation reactions such as the oxidative coupling of
methane [16-18], partial oxidation of butane to maleic
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anhydride [19] and the epoxidation of ethylene to ethylene this scheme refer, respectively, to the formation of 1-butene,
oxide [20]. cis-2-butene andrans-2-butene fromn-butane. However,

In this study, the oxidative dehydrogenationmbutane three isomers of 1-buten&ans2-butene andis-2-butene
in inert membrane reactors is considered. There are only aare lumped as §Hg in reactions 7, 8 and 9. The kinetic data
few papers addressing the use of membrane reactor to thioover V/MgO catalysts obtained from a literature can be ex-
reaction [14,15,21]. An experimental investigation was car- pressed by Mars-van Krevelen model as shown in Table 1
ried out to show that the formation of hot spots was de- [21]. The kinetic expressions were obtained from the exper-
creased considerably with the use of inert membrane reactorimental results under the following conditions; i.e. temper-
[15]. Later, the same investigators developed a simple math-ature between 748-823 K; oxygen concentration of 2—-10%;
ematical model assuming plug-flow condition to describe hydrocarbon concentration of 2—-10%; water concentration
the system [14]. The beneficial effect on the improvement of 0-3% and C@ concentration of 0—3%.
of reactor safety and operability was examined. The reaction rate constark;) is given byk; = k;o x

In this paper, two-dimensional models taking into account exp(—(Ea /R)(1/T —1/Tp)). The reference temperatufie,
the radial dispersion of energy and mass which have notis equal to 773 K. The V/MgO catalyst (24 wt.% 05b¥s)
been studied extensively in the literature are developed towas packed in an annulus side between a tubyAt,03
study the performance of the inert membrane reactor (IMR) membrane and a stainless steel shell for the membrane re-
compared with that of a fixed bed reactor and the significance actor while it was packed in a stainless steel tube for the
of the radial dispersion in this system. Various operating fixed bed reactor. The gas permeation through the mem-
conditions and design parameters are varied to investigatebrane is based on the permeation data of gases through a

their effects on the reactor performance. commercial “Membralox” membrane. The expression for
gas permeation rate per unit membrane length,is as
follows [22].

2. Mathematical modelling 2 2
a(Pyit — Psyis)  bYit(PS— PS)

o . qi = + 1)
The oxidative dehydrogenation ofbutane to butene and l M;T 2umT
butadiene is accompanied by side reactions of deep oxida-
tion of products and reactant to CO and £Qhe reac- wherea and b are Knudsen and viscous flow parameters,

tion networks are shown in Fig. 1. Reactions 1, 2 and 3 in respectivelyy; s andy; + are mole fractions of speciesn
the shell side and the tube side respectively.
Two mathematical models are developed for the fixed-bed

R4 Rs CO Rio reactor and the membrane reactor based on the following as-
/ TRS'\ sumptions: steady-state operation, negligible pressure drop,
CHo —p 1> C4Hs———§——>C4H6 ideal behavior of gases, constant reactor wall temperature,
LT Ro 7 negligible diffusion resistance of the particle of catalyst,
Rs i Ru negligible axial dispersion and catalytically inactive mem-
CO, brane. The radial diffusion models take into account the
non-isothermal condition and radial heat and mass transfer
Fig. 1. Reaction scheme proposed by Tellez et al. [21]. were developed as follows.
Table 1
Rate expression and kinetic parameters determined by Tellez et &. [21]
Reactions Rate expression kio x 10° (mol/s kg) Ea (kd/mol)
CyqH10 + Xo — 1-C4Hg + H20 + X R1 = k1 X PcyHyy X 6o 62.33 144.9
C4Hi10 + Xo — Trans2-C4Hg + H20 + X Ro = ko % PC4H10 X g 32.83 142.7
C4H10 + Xo — Cis-2-C4Hg + H,0 + X R3 = k3 X PcyHyy X 6o 39.67 139.1
CyqH1p + 2Xp — C4He + 2H20 + 2X R4 = kg % PC4H10 X Og 30.83 148.5
C4H10 + 9Z9 — 4CO + 5H,0 + 97 Rs = ks X Pc,H,o X 6o 9.17 1755
C4H10 + 13Zy — 4CO, 4 5H,0 + 13Z Re = kg X Pcyhye X 0 25.83 138.4
C4Hg + Xg — C4Hg + H20O + X R7 = k7 X Pc,Hg X 6o 685.00 164.7
C4Hg + 825 — 4CO + 4H,0 + 82 Rg = kg x PC4H3 X g 32.33 146.2
Cy4Hg + 1275 — 4CO, + 4H,0 + 127 Rg = kg x PcyHg X Mo 115.67 107.2
CqHg + 729 — 4CO + 3H,0 + 7Z R10 = k10 X PC4H6 X Ao 118.17 146.6
Cy4Hg + 11729 — 4CO, + 3H20 + 117 R11 = k11 X PcyHg X Ao 435 102.0
Oy +2X — 2Xo R12 = k12 x Po, x (1 —6p) 2995 114.5
Ox+2Z — 22y R13 = k13 x Po, x (1 — o) 3255 55

dwherek; = kige Ea W/ T=1T0) Ty = 773K ando = 2k12Po,/{2k12Po, + (k1 + k2 + ka + 2ka) Pcyhyo + k7 X Pcyrghs Ao = 2ki3Po,/{2k13Po, +
(9%ks + 13ke) PcyHy + (8kg + 12kg) PcyHg + (Tk1o + 11k11) PoyHg)-
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dz T:

Fig. 2. Schematic diagram of a fixed-bed reactor.

2.1. Fixed-bed reactor (FBR)

Fig. 2 shows the schematic diagram of the fixed-bed re-
actor. By performing the mass balance and energy balance,; = 0,

the following equations can be obtained.

2.1.1.

1 0F;
Ac 07

B.C.

r=ri,

2.1.2.

T Ac 10T  9°T
— = i o ter| -+ ol
9z > i—1FiCpi r or or
n AC
+o8) (—AHLR) = 3)
; [RAN) er'l:lFiCpi
B.C.
z=0, T=T1p forall r
aT
r=0, —=0 forall z
or
aoT
r=ri, )»erw = Usg,(Ty=r, — T;) forall z

Mass balances of species i

10C; 0°C;
— =D - R; 2
er(r8r+82>+p8 ()
C;=Cjo forallr
dC;
— =0 forallz
or
aC;
— =0 forallz
or

Energy balance

2.2. Inert membrane reactor (IMR)

Fig. 3 shows the schematic diagram of a membrane re-
actor. By performing the mass balance and energy balance,
the following equations can be obtained. It is noted that the

n-Butane g
N,
Air [ |[Tube side_rt Ji il | —s
P

Membrane
/Stainless steel

Fig. 3. Schematic diagram of inert membrane reactor.

radial dispersion is considered only in the packed-bed of
catalyst. The radial effect is assumed to be negligible in the
oxygen feed side.

2.2.1. Mass balances of species i

Shell side
1 0F _ s 18C,.S+ 92C? + pak, @
Ac, 0z A W T ar?2 rB
B.C.
C?=Cy, FP=F forall r
aCs  Ps 9 F?
r=ry, —t =
ar Rgasar Z F TS
= 1 i for all
= Dg2rr, ¢
9C?
r=r3, —=0 forallz
or
P; and Ps are total pressure at tube and shell side, respec-
tively.
Tube side
dF!
i, 5
dz qi (5)
2.2.2. Energy balance
Shell side
0Ts  w(ri—rd) i (10Ts . 3°Ts
0z N Z:lle‘lsCm er r 31‘ 81"2
" rr(r —r2)
“AH-R)—3 "2/ 6
B.C.
z2=0, Ts=Ts0 forall r
Ts
r=ra —hg——==Un(T, —Ts_,)
1
+30 < q, H,) forall z
oTs
r=rs, _)\’SEFW = Us%r(Tsr=r3 - T]) fOI’ a” Z
Tube side
Z(F cp.>— = Un2rry(Ts— Ty) — Zqu, (7)

i=1 i=1

When the differential terms with respect to the radiysre
omitted in Eqgs. (2)—(7), plug flow models can be derived for
both the fixed bed reactor and the membrane reactor.

The finite difference method was used to solve the radial
diffusion model while the fourth order Runge—Kutta method
was employed to solve the set of nonlinear equations of
the plug flow model. The problem on numerical stability
or convergence of the simulation could be conquered by
changing increments of both radial and axial directions for
the radial diffusion model.
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Table 2

The standard condition and range of parameters in study

73

Parameters Standard condition Value in study
i.d. of fixed bed reactor (m) 0.006 0.006-0.008
o.d. of fixed bed reactor (m) 0.009 0.009-0.011
i.d. of membrane tube (m) 0.007 0.007

0.d. of membrane tube (m) 0.010 0.010

i.d. of stainless steel shell (m) 0.0117 0.0117-0.051
o.d. of stainless steel shell (m) 0.0147 0.0147-0.054
Total molar flow rate (mol/s) 4.464 1074 4.464 x 1074
Inert introgen flow rate (mol/s) 2.976 104 2.976 x 10°*
Reactant flow rate (mol/s) 1.488 104 1.488x 10°4
Air to n-butane ratio in reactant feed 8 1-15
Pressure (kPa) 101.3 101.3

Feed temperature (K) 773 773

Coolant temperature (K) 773 753-803
Catalyst size jtm) 250 250

Packed bed density (kgAn 700 700

Packed bed porosity 0.4 0.4

Reactor diameter (m) 0.006 0.006-0.05
Knudsen parametex (mol K*?/m s kPa) 4.8x 1073 48 x 1073
Viscous parameteb (mol K/m kPa) 1x 10712 1x 10712

3. Results and discussion always 100% independently of temperature. This means that
oxygen is the limiting component in this condition. The in-

The standard operating condition and the reactor configu- crease of the reaction temperature increases the conversion
ration used in this study for both fixed-bed reactor and inert of n-butane but decreases the selectivity to carbon dioxide
membrane reactors are given in Table 2. and butene. The selectivity to carbon monoxide is almost
constant. However, the selectivity to butadiene is more favor-
able at high temperature than the selectivity to butene, result-
ing in the increased selectivity to the total dehydrogenated
C4 products. It can be concluded that the desired products
C, are favorable at high operating temperature. This similar
effect was also reported by other workers [15,23].

3.1. Performance of fixed-bed reactor

3.1.1. Effect of reaction temperature

Fig. 4 shows the performance of the fixed-bed reactor at
various operating temperature. The conversiom-biitane
and oxygen and selectivity to butene, butadiene, total de-
hydrogenated £ products (summation value of the selec-
tivity to butene and butadiene), carbon dioxide and carbon
monoxide were presented. The conversion of oxygen is

3.1.2. Comparison between plug flow model and radial
diffusion model

Fig. 5 compares the results of the fixed-bed reactor be-
tween two models; i.e. the plug flow model and the radial
diffusion model. The filled symbols show the values from
the radial diffusion model while the empty symbols show the
values from the plug flow model. Whé#/ Fc,n,, increases
the conversions ofi-butane and oxygen increase while the
selectivity to butene decreases and reaches the asymptote.
On the contrary, the selectivity to butadiene and carbon
oxides shows opposite results. This is because butene is a
primary reaction product while butadiene and carbon ox-
ides are both primary and secondary reaction products. The
comparison between the filled symbols and the empty sym-
bols shows that the assumption of plug flow condition did
not adequately represent the system. The effect of the radial
dispersion in the modelling of the process should be taken
into account.

Fig. 6 shows temperature profiles of both radial and axial
directions in the radial diffusion model. Since the oxidative
dehydrogenation is a highly exothermic reaction and the
reaction takes place mainly near the entrance of the reactor,

08 1 —e—s, i
0.6 + ;ﬂ—.—fj_’_’?:
04 4

0.2 ‘\*\‘\‘\‘

0 " - " —t "
T y * * r

Conversion and Selectivity

770 780 790 800 810 820 830
Temperature (K)

Fig. 4. Effect of reaction temperature in the fixed bed reactor (isothermal
plug flow model, aim-butane ratio= 8, 4 = 0.006 m, feed flow rate of
n-butane 165x 10~° mol/s, Ty and T;=773 K, W/ Fc,n,,=160Kkg s/ mol).
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1 (@) 0.8
0s 1 —4—n-CHyo ~ ] filled = IMR
g 0, < 006 empty = FBR
2 <
£ 06 T =
£ = 004
= ~
S 04 1 S
e e . 0.02
02 + filled = radial diffusion model
empty = plug flow model
' " . 0
1 ' : : ® 1
——C, —=—CH; ———CHg
08 f . 08
[ =
= -
E 06 £ 067
|3} =
2 04 o 04
©w T
02 + 0.2
0 +
05 (2 240
S~ 200
04 + SE
S2 160
= 1 ~=
g 0.3 E; 120
=T
02 + < %" 80
°=
- 40
01 1 S ::_,_
0
0 + —+

0 0.2 0.4 0.6 0.8 1
Dimensionless Length

0 40 80 120 160
W/Ia o (kg/(mol/s))
) ) o ) ) ) Fig. 7. Comparison of FBR and IMR: (a) partial pressure of oxygen in
Flg. 5. Conversion SeleCthlty and yleld of plug flow and radial dif- catalyst bed; (b) selectivity; (C) head of reaction (ah)ljtane ratio= 8,

fusion model (aim-butane ratio= 8, d = 0.006 m, feed flow rate of d = 0.006m. L = 0.24m, feed flow rate ofi-butane 1653x 10-5 mol/s
n-butane= 1.653x 10-5mol, T; and T; = 773K). T; and T; = 773K).

the hot spot where the temperature reaches to the maximumnet shown) differs significantly from the radial diffusion

value can be found at the center of reactor. ~ model. Hence, the following studies will be carried out using
The hot spot temperature from the plug flow model which e radial diffusion model.

has the temperature profile close to that near the wall in Fig. 6

3.2. Membrane reactor study

8107

2 3.2.1. Comparison between fixed-bed reactor and
s 800 membrane reactor
‘?3 700 Fig. 7 compares the results of the fixed-bed reactor and the
g membrane reactor. It should be noted that in the membrane
E 780 reactor the catalyst bed was packed in the annulus while in
770 the fixed bed reactor the catalyst was packed in the tube
760 side. It is obvious that the partial pressure of oxygen along
the reactor length for the membrane reactor is smoother than
that of the fixed-bed reactor. This is because the membrane is
employed to distribute oxygen to the reaction chamber along
the reactor length. The results also show one advantage on
Dimensionless Length 0 the selectivity improvement by using the controlled addition
Dimensionless of oxygen to keep the partial pressure of oxygen at low
01 Radial value. As a result, complete oxidation to CO and0€
Fig. 6. Temperature profile in radial diffusion model (aibutane Squresseq' This pheno_menon is also found in other SySt_ems
ratio= 7, d = 0.006 m, feed flow rate ofi-butane= 1.653x 105 mol/s, such as oxidative coupling of methane [24]. Another point

Tr and T; = 773K, W/ Fc,n,, = 150 kg s/mol). to be addressed is that due to lower amount efaDthe
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1 0.6
= | filled = IMR empty = FBR
£ 08 ¢ 05 |
=
-
& 06 4 3 04 1
=}
£ 2 03|
5 04 4 >~ —O— air/n-butane ratio 8
= 02 + —4— air/n-butane ratio 4
8 02 + —O— air/n-butane ratio 1
o -
01 + —
0
1 0 "
—o—C, |[filled = IMR o) 860
08 + empty = FBR| =
> £ 840 + —O— air/n-butane ratio 8
B3 06 4 2 —&— air/n-butane ratio 4
g 7 | 8 —0O— air/n-butane ratio 1
= g 820 ¢
2 04 ¢ g
D
= 800
0.2 + 1=
& f.i"f'f|
«
0 = 780 T
~ 810 =
) 760 ; |
E 800 + 0 0.02 0.04 0.06
g Reactor size (m)
g 790 1 _ , _
S , Fig. 9. Effect of reactor diameter on yield;@Gnd hot spot temperature
g (air/n-butane ratio= 1, 4 and 8,T; and7; = 773K, L = 0.24m).
A
s .
T 770 : . —~+ + 3.2.3. Effect of reactor diameter
0 3 6 9 12 15 Fig. 9 shows the effect of the reactor size to the perfor-
air/n-butane ratio mance of the reactors. The specification of the reactors at

different size is summarized in Table 3. The increase of

the reactor size while keeping the membrane surface area
constant results in the increased amount of catalyst for the
reaction; however, it is expected that the effect of radial

dispersion should be more pronounced. For the fixed-bed
reactors (FBR), the simulated results could not be obtained
at larger than 0.01 m of reactor size for any feed ratios be-
cause the hot spot temperature was too high. On the other

3.2.2. Effect of air to n-butane ratio : :
Fig. 8 compares the performance of the fixed-bed reactor.hand' for the inert membrane reactor (IMR), relatively small

and the membrane reactor at various ratio of aim-ttane. mc(;iasie;] to frth?inhmr spoli timpnedrailrt_]utrﬁi IS ?bje:vetg. tthere i
It can be seen that the increase of the ratio results in the in- € interesting results fou S study 1S that there 1S

creased conversion and decreased selectivity to butene an n optimum reactor diameter of approximately 0.01 mwhere

butadiene. At low value of the ratio, on the other words lower | eﬁneld of tOt?l gehydrogenf_ﬂted proltljuoth@ m";x'm“”_‘-
amount of oxygen, the conversion and selectivity for both n the range o the reactor size sma’fler than the optimum
reactors are almost the same. However, when the ratio in-alue, the increase of the reactor size decreases the amount
creases the selectivity to the total dehydrogenategrGd- of catalyst which results in more reaction and more heat
ucts of the membrane reactor becomes superior to that of the

fixed-bed reactor. There is an optimum ratio where the yield Table 3 o

to the total dehydrogenated; @ maximum, the ratio of § | "eactor size in study

Fig. 8. Effect of airh-butane ration to performance of reactor
(d =0.006m, Ty andT; = 773K, L = 0.24m).

entrance the heat of reaction for the membrane reactor is
less severe than the fixed-bed reactor.

for the fixed-bed reactor and 9 for the membrane reactor. At Reactor size Fixed-bed reactor Membrane reactor
low value of_the_ratio even though the selectivity i_s hi_gh_ but i.d. (m) o.d. (m) id. (m) o.d. (m)
the conversion is low as the amount of oxygen is limited; 0,006 5006 5009 5oLl YIPE
however, at very high value of the ratio the reaction products 0.01 0.01 0013 0.0141 0.0171
are oxidized to form carbon oxides. It should be noted that ¢ o, 002 0023 0.0224 0.0254
another important advantage of the membrane reactor is then.o3 0.03 0.033 0.0316 0.0346
avoidance of hot spot. It was found that the hot spot tem- 0.05 0.05 0.053 0.051 0.054

perature of the ﬁxed'be_d reactor is much higher than_ that of  aThe reactor size of inert membrane reactor was calculated based on
the membrane reactor independently of the feed ratio. the equivalent area of the reaction zone.
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+C4H8 +C4H6 +C02 1
—v— CO —A— n'C4H10 —0— 02
08 T—ooooo—o . | - 1 08 + 0//_0_//0
1 3
> 0.6 f”’*‘\ 0.8 a = 06 4 /./
£ : E
5 T 06 2 04 + —0—d=0.012 m
= 04 4 % —v—d=0.006 m
» 1 048 02 +
W filed =IMR empty = FBR
02 1 T 0.2 0 + + +
:}tﬁipv———/—i 1000
0 + : 0 S //
0 0.02 0.04 0.06 g0 1
Reactor size (m) E Wall temperature
g 900 +
Fig. 10. Effect of reactor on selectivity and conversion (abutane g 450
ratio = 8, feed flow rate ofn-butane= 1.653 x 10~°>mol/s, T and bet 50 T
T, = 773K, L = 0.24m). 2 \
& 800 -
=
750 -+

generation. The increased temperature increases conversion
and selectivity to the product4C However, when consid-
ering the range of the reactor size larger than the optimum
value the increased reactor size decreased the yield. This caRig 11, Effect of wall temperature of fixed-bed reactor and membrane
be explained by considering Fig. 10 which shows the conver- reactor (aim-butane ratio= 8, feed flow rate of-butane= 1.653x 10~5
sion and the selectivity for the case where thendititane mol/s, Tt = 773K, d = 0.006 and 0.012m[ = 0.24m).

ratio is equal to 8. The oxygen conversion is 100% for all the

770 780 790 800 810
Wall temperature (K)

reactor sizes. From the optimum value of the reactor size, 820
when the reactor size increases, the conversiammitane filled — Shell side
decreases. It means that oxygen is consumed to oxidize the g 801 empty = Tube side
product to carbon oxides as found that the selectivity to bu- b
tadiene and butene decreases while the selectivity to carbon E o - =
dioxide and carbon monoxide increases. This can be ex- & 760 1 Wall temperature
plained that oxygen permeating to the reaction side cannot g —— 773K
reachn-butane near the stainless steel wall due to the effect & 740 7 —o—673 K
of radial dispersion (not shown). 720 1 ToTIwE
3.2.4. Effect of reactor wall temperature 700 ; . ; :

Fig. 11 shows the effect of wall temperature for both 0 02 0.4 0.6 0.8 1
IMR and FBR. For both cases, with the increased wall tem- Dimensionless Length

perature the yield of product becomes higher. For the
fixed-bed reactor, the increase of wall temperature signifi- Fig. 12. Effect of feed air temperature on average temperature along the

cantIy increases the hot spot temperature Conversely r(:‘,la_reactor length (ain-butane ratio= 8, feed flow rate of-butane= 1.653x

: . . 105 molls, W/ F, = 7174 kg/(mol/s)T - =773K, T;=773K,
tively small increase of the hot spot temperature is observed, _ o4 ) /Feao OHMOUS)T .r-tutane= /
in the membrane reactor. The results are similar to the ef-

fect of reactor size. It should be noted that for the case of - ) ) ]
fixed-bed reactor with reactor size of 0.012m, the yield is condition. The heat of reaction which occurs mainly near

very high, however, it results in much higher hot spot tem- the membrane surface can directly 'transfer to thg cold feed
air as found that the temperature in the tube side rapidly

perature which should be avoided in practical operation. ¢
increases and reaches to the asymptote.

3.2.5. Effect of feed air temperature

Fig. 12 shows the effect of feed air temperature on the
temperature profile along the reactor length in the membrane4. Conclusion
reactor. It is desirable to operate the reactor at small hot spot
temperature to avoid subsequent problems such as catalyst The oxidative dehydrogenation ofbutane in a porous
deactivation and run-away reaction. The decrease of feedmembrane reactor was studied by mathematical modelling
air temperature can reduce the hot spot temperature as thef a fixed-bed reactor and a membrane reactor. The
temperature profile becomes close to the isothermal nonisothermal condition and both radial heat and mass
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dispersion were considered. It was found that the selectivity
to C4 hydrocarbon increased with the increasing operating
temperature, and that the hot spot problem and the effect
of radial dispersion were pronounced particularly near the
entrance of the reactor. The use of the porous membrane ta.

control the distribution of oxygen feed to the reaction side

could significantly reduce the hot spot temperature. The
results also showed that there were optimum feed ratios of
airn-butane for the fixed-bed reactors and the membrane
reactors. The membrane reactor outperformed the fixed-bed

reactor at high values of the ratio. In addition, there is an

optimum membrane reactor size. When the reactor size3.
was smaller than the optimum value, the increased reac-
tor size increased the reaction and heat generation and,

consequently, the conversion and the selectivity 10irG

creased. However, when the reactor size was larger than
the optimum value, oxygen could not reach the reactant
near the stainless steel wall. It was consumed to react with

the product, G. As a result, the yield dropped. Finally, it

was found that the increase of wall temperature increased4.
the yield and that the feed air temperature could help con-

trol the temperature profile of the reaction bed along the
reactor length.
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Appendix A

1. The viscosity of gas mixture at low pressure is shown
below [25]:

n i—1
um = _Ki [1+2) Hjk;
i=1 j=1

where the parameteK is the functions of molecular
weight, mole fraction and viscosity of pure component
and the parametdt;; is the functions of polar correc-
tion, reduced dipole moment, molecular weight, etc.
Diffusion coefficient of mixture®; ) gas is calculated
by the relation:

1-y oy
- i i
i $

j=Lj#

(A.2)

where Djj = diffusion coefficient of binary gas (frs).
The effective radial diffusioe, is calculated by the
relation [26]:

1 0.4
Pe  (R§S00.8

0.009
{1+ 10/(RgS0o}
for 04 < Rg < 5000.77 < Sc < 1.2 where

Pg = Peclet numbenidy/Der; Sc= Schmidt number,

w/pDim; R&§ = pudp/im.
Enthalpy of reaction and heat capacity are shown below:

(A.3)

T
AHT = AHzgg—l—/ AC,dT (A.4)
298
where
AC, = Zvicpi (A.5)
i
and
C .
P — A+BT+CTPP+ETP+DT? (A.6)
gas

where Rgas= 8.314 Jmot 1 K1,
The standard heat of formation at 298 K and the con-
stantA, B, C andD are shown in Table 4 [27].

. The overall heat transfer coefficient

In this case, we assume the film heat transfer between
reactor surface and external fluid is negligible.
For fixed bed reactor:

1 1 In ro/r1
"o _ (r2/r1) (A7)
+ Y > HijHyK;Ky (A1) UssAp1  hpeaAp1  2mkssL
J=1Fik=1Fi Ap1=2nriL
Table 4
Heat of formation and heat capacities of gases
Chemical species Hyg (k3/mol) Tmax (K) A 10° x B 1% x C 108 x E 10°% x D
n-CsH1o —125.79 1500 1.935 36.915 —11.402 - -
1-C4Hsg —0.54 1500 1.967 31.63 —9.873 - -
t-C4Hs —10.06 1500 1.085 36.621 —17.377 0.0134 -
c-C4Hsg -5.7 1500 —0.958 40.726 —20.447 0.0142 -
CsHe 109.24 1500 2.734 26.786 —8.882 - -
0O, 0 2000 3.639 0.506 - - —0.227
CcO —110.53 2500 3.376 0.557 - - —0.031
CO —393.51 2000 5.457 1.045 - - —1.157
H,O —241.82 2000 3.47 1.45 - - 0.121
N2 0 2000 3.28 0.593 - - 0.04
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wherehpeq[28] andkss[29] is calculated by the following
relation:

h
Nupeq = 0% _ 5Re3% (A.8)
g
kss= —5 x 107872 4 0.02157" + 9.0303 (A.9)
For membrane reactor:
1 1 |
_ N(ra/r3) (A10)
UssAp3  hpedAp3  2mkssL
Ap3z = 2mr3L

And overall heat transfer coefficient through membrane

is shown in the followings:
1 1 IN(ra/r1) 1
UmA  hpedAp1  2mkmL — Apohex

where Ap1 = 2nr1L; App = 2nroL andhey andky is
calculated by the following relation [29,30]:

(A.11)

hexD 0.0668 D/L)ReP
NUox = ex? _ 3664 aD/L) r
rg 1+ 0.04[(D/L)RePij?/3
(A.12)
kv = 111058 T) 13867 (A.13)

. The heat thermal conductivity of mixture gas is shown

in the following expression [25]:

(A.14)

The parameted,; is calculated from monatomic values

of thermal conductivity and molecular weight.

. The effective radial thermal conductivity, on the cat-

alyst bed is calculated by the relation [31]:

Aer = A0, + AL, (A.15)
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